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A one-dimensional modelling approach to the reactive processes within a heated homoge-
neously premixed fuel–air mixture in its passage through a non-adiabatic catalytically
reactive porous medium is described. The main focus of this contribution was comparison
of the results obtained while using different modeling approaches that include mass diffu-
sion to solid pores versus neglecting it; single step reaction versus detailed kinetic simula-
tion; adiabatic versus non-adiabatic reactor operation; two different approaches
accounting for radiation heat transfer. This model was tailored to our experimental results
so as to obtain original kinetic data for corresponding global reactions for different types of
catalysts and validate at the same time the predictive approaches.
Results presented relate mainly to the fuels methane and hydrogen. It was shown that
the employment of an ‘effective thermal conductivity’ to account for radiation heat transfer
is adequate for producing satisfactory predictions while signiﬁcantly cutting computa-
tional time.
The use of multi-step reaction mechanisms produces results that are in good agreement
with a much wider range of experimental data and does not require experimental data
beforehand. It was also shown that a single-step reaction approach can be employed pro-
viding that corresponding kinetic data are derived from sufﬁcient experimental data that
need to be available for the same reactor and operational conditions. Then such simpliﬁed
approach can be used to predict reasonably well the effect of operational parameters such
as the feed inlet temperature and velocity. However, the use of such kinetic data for differ-
ent operating conditions can lead to signiﬁcantly erroneous results.
It is shown that suitable catalytic beds can oxidize more fully and at lower temperatures
very lean mixtures. Some of the results of the simulation using the model developed are
shown to validate well against our own experimental results. Comparison of corresponding
results obtained while employing overall single step reactions showed signiﬁcant devia-
tions from those of the more comprehensive multi-step reaction mechanism approach.
The implication of applying the modelling approach to some practical applications is
outlined.
 2010 Elsevier Inc. All rights reserved.1. Introduction
It is commonly known that the rates of oxidation reactions of very lean mixtures of common gaseous-fuels in air can be
increased signiﬁcantly through the presence of some catalytic materials. Complete combustion in catalytic devices can be
achieved at lower temperatures resulting in very low NOx and other pollutants [1,2]. It would be then possible to utilize
the energy release from gaseous fuel mixtures of lower heating values that are normally considered to be un-exploitable. All rights reserved.
x: +1 402 282 8406.
a).
Nomenclature
av speciﬁc geometric surface
ac catalytic surface area to volume ratio
c constant pressure speciﬁc heat
Di;m diffusivity of species i
h convective heat transfer coefﬁcient
hl overall heat loss coefﬁcient
Hi enthalpy of species i
k thermal conductivity
keff effective thermal conductivity
ki;m convective mass transfer coefﬁcient of species i
Mi molar mass of species i
_Ri production rate of species i
T temperature
u axial velocity
Yi mass fraction of species i
Sv surface to volume ratio of the reactor wall
Greek symbols
e porosity
/ equivalence ratio
g effectiveness factor
q density
Subscripts
g gas phase
p pellet
s surface, solid
1916 S.A. Shahamiri, I. Wierzba / Applied Mathematical Modelling 35 (2011) 1915–1925waste. Catalytic reactors that can be used for combustion are of monolith or packed-bed types that operate on essentially the
same principles. Numerous experimental and theoretical investigations have been conducted over the years with the aim of
improving the understanding of catalytic systems with most focusing on the monolith type. Various methods have been pro-
posed for simulating the combustion process in this type of catalytic reactors [3–6], however due to the complexity of the
physical and chemical phenomena involved, many of these models were developed for speciﬁc applications and over a nar-
row range of operating conditions. Also, most of them neglect some important aspects of the processes involved, such as the
gas phase reaction activity [7] or to assume that the gas and solid phases are throughout in thermal equilibrium [8]. More-
over, the majority of models treated the surface and gas reactions as global reactions of the Arrhenius type [7–10] with the
needed kinetic data obtained by matching with the relevant experimental data. However, such approaches do not predict the
overall reaction rates over a sufﬁciently wide range of fuel–air mixture concentrations and temperatures. Recently improved
models include 2-D and some 3-D treatment of the ﬂow within the monolith and introduce multi-step reaction mechanisms
[11–13] which would provide a more realistic simulation of the fuel oxidation rates. The multi-step mechanisms for gas
phase reactions are rather well developed and available in the literature for different fuels over a wide range of operational
conditions [13,14]. Multi-step mechanisms for catalytic surface reactions depend strongly on the chemical composition of
the catalyst employed. Recently, several mechanisms were proposed for Pt catalyst at certain operating conditions
[11,15,16]. However, the incorporation of multi-step mechanisms in the model resulting in a stiff system of equations of
chemical reactions increases the numerical complexity of the model. Another important aspect of modelling combustion
processes in a catalytic reactor is the selection of suitable models for all three major heat transfer modes. Several correlations
are available for modelling convection heat transfer, that were shown to yield essentially similar results [17]. However, the
radiation heat transfer from the solid to gas phases is usually taken into account using an ‘effective thermal conductivity’
concept. More superior approaches for accounting of radiation heat transfer are available (e.g. method of intensity radiation
equation), but tend to contribute towards increased numerical complexity and time.
In comparison with monolith type reactors there is much less information available on catalytic combustion in packed
bed reactors, and there are only a few mechanisms proposed for the catalytic oxidation of lean mixtures of methane and
air on Pt. Accordingly, the objective of the present contribution is to develop a model of reactive gaseous ﬂow within a cat-
alytic packed bed that would include improved modelling for heat transfer and consider more realistic multi-step reaction
mechanisms for both simultaneous gas phase and surface reactions. Such a modelling approach is then applied to investigate
the effects of changes in the key operational parameters on the fuel oxidation within the packed bed reactor, including the
effects of fuel type and the presence of diluents. The approach can also be employed in combination with experimental data
to derive much needed kinetic data for catalytic surface reactions when employing different catalysts and fuels.
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A schematic diagram of the packed bed being considered is shown in Fig. 1. A premixed, preheated homogeneous fuel–air
mixture enters the cylindrical reactor packed with catalytic pellets. The bed is initially at a uniform temperature. The fuel
and oxygen diffuse from the bulk ﬂuid to the catalyst surface where they are adsorbed and reacted. The products formed,
leave the surface via a desorption process and travel from the surface to the gas mixture via mass diffusion. A portion of
the heat released due to the surface reactions increases the solid temperature, while the remainder is transferred to the
gas. The heat received by the gas may be high enough to promote gas phase reactions. The three modes of heat transfer (con-
duction, convection and radiation) contribute jointly to the transport of heat within the reactor. The reactor is assumed to
operate non-adiabatically and at atmospheric pressure. The ﬂow within the reactor is assumed to be one-dimensional. The
gas and solid are not in local thermal equilibrium. Therefore, separate energy equations are considered for each phase. Radi-
ation heat transfer in the gas phase is considered to be negligible in comparison to the solid pellets radiation. The thermo-
physical properties of the gas species are functions of the local temperature and composition. The thermal conductivity of
pellets is also considered to be a function of temperature. However, other properties of the solid phase such as density, spe-
ciﬁc heat and emissivity are assumed to be uniform and temperature independent since their values were considered to vary
insigniﬁcantly over the range of temperatures considered [18]. The ﬂow inside the reactor is laminar and the governing
equations of continuity, energy balance for solid, energy balance for ﬂuid, mass balance of species in the gas phase and
on the catalyst surface are the following:
continuity:@qg=@t þ @ðqguÞ=@x ¼ 0 ð1Þ
species mass balance in gas phase:qg@Yg;i=@t þ qgu@ðYg;iÞ=@x ¼ @ qgDi;mð@Yg;i=@xÞ
 
=@xþ Ki;mavqgðYs;i  Yg;iÞ=eþMi _Rg;i; ði ¼ 1; . . . ;NgÞ ð2Þspecies mass balance on surface:Ki;mavqgðYg;i  Ys;iÞ ¼ gacMi _Rs;i; ði ¼ 1; . . . ;NgÞ ð3Þ
energy balance for gas phase:qgcg@Tg=@t þ qgcgu@ðTgÞ=@x ¼ @ kgð@Tg=@xÞ
 
=@xþ havðTs  TgÞ=eþ
XNg
j¼1
Mj _Rg;jHj ð4Þenergy balance for solid phase:qscs@Ts=@t ¼ @ keff ð@Ts=@xÞ
 
=@xþ havðTg  TsÞ=ð1 eÞ þ h1SvðTamb  TsÞ þ
XNs
j¼1
acMjg _Rs;jHj=ð1 eÞ ð5ÞThe convective heat transfer and mass transfer coefﬁcients were determined using Chilton–Colburn approach. The diffusion
of species from the ﬂuid bulk to the surface of the pellets and from there into the pores has been taken into account via a
convective mass transfer coefﬁcient [19] and an effectiveness factor, respectively. The effectiveness factor g which is a func-
tion of porosity, gas species concentration at the pellet surface, surface reaction rates and the diffusion coefﬁcients of the gas
species was estimated using Thiele’s approach [17]g ¼ tanhU=U ð6Þ
where U is Thiele factor and is deﬁned asU ¼ Rð _Rs;i=DeCs;iÞ1=2 ð7Þ
R is the thickness of the catalytic layer and Cs;i is the concentration of the fuel on the pellet surface. _Rs;i is the rate of adsorp-
tion of fuel on the catalyst surface calculated as described in [20]. De is the effective diffusion coefﬁcient in the pores of pel-
lets andFig. 1. Schematic diagram of the reactor.
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sp and ep are tortuosity and porosity of the pellets and Dk Knudsen diffusion which isDk ¼ 9700rðT=MiÞ1=2 ð9Þ
where r is the radius of the pores, T is temperature of pellet and Mi is the molecular weight of the fuel.
Heat loss to the surroundings was also included in the model. The overall heat transfer coefﬁcient includes the thermal
resistances of the boundary layer near the wall, conduction through the reactor wall and natural convection outside of the
reactor [17]. The effective thermal conductivity of the pellets [20], accounts for both conduction and radiation heat transfers.
This relatively simple modelling approach was selected for this contribution, because for a packed bed it yields results com-
parable to those obtained using the more comprehensive ‘radiation transfer equation’ approach [20,25] while being more
computationally economical. The multi-step mechanisms for the gas phase and surface reactions are presented in Tables
1 and 2. They are based on mechanisms proposed in [11–16,21] with some relatively small modiﬁcations [20]. The kinetics
used for single-step model have been derived based on the available experimental data and are presented in Table 3.3. Numerical approach
The governing equations for a packed bed reactor were solved using the commercial software, ‘FLUENT’ along with a
number of modifying subroutines (UDF). These subroutines were developed to compute the thermo-physical properties, heat
and mass transfer coefﬁcients, species concentrations in the gas and on the surface, and the amount of heat release. The inte-
grator CVODE [22] was also implemented into the subroutines for solving the system of equations of chemical reactions and
obtaining the corresponding temporal concentrations of species at each numerical time step. FLUENT built-in chemistry sol-reaction mechanism of oxidation of methane on Pt.
Reactions S0 or A (s
1) b E (kJ/mol) l e (kJ/mol)
rption reactions
H2 + Pt(s) + Pt(s) => H(s) + H(s) 0.046 0.0 1.0 Pt(s)
O2 + Pt(s) + Pt(s) => O(s) + O(s) 0.07 (300/T) 0.0
CH4 + Pt(s) + Pt(s) => CH3(s) + H(s) 0.15 27.0
CH4 + O(s) +Pt(s) => CH3(s) + OH(s) 1.36E+10 0.7 42.0 8.0 O(s)
H2O + Pt(s) => H2O(s) 0.75 0.0
CO2 + Pt(s) => CO2(s) 0.005 0.0
CO + Pt(s) => CO(s) 0.84 0.0
H + Pt(s) => H(s) 1.0 0.0
O + Pt(s) => O(s) 1.0 0.0
OH + Pt(s) => OH(s) 1.0 0.0
rptions reactions
H(s) + H(s) => Pt(s) + Pt(s) + H2 1.0E13 64.4 10.0 H(s)
O(s) + O(s) => Pt(s) + Pt(s) + O2 1.0E13 235.0 188.0 O(s)
H2O(s) => H2O + Pt(s) 4.5E12 41.8
CO2(s) => CO2 + Pt(s) 1.0E13 27.1
CO(s) => CO + Pt(s) 1.0E15 146.0 33.0 CO(s)
H(s) => H + Pt(s) 6.0E13 254.4 2.8 H(s)
O(s) => O + Pt(s) 1.0E13 358.8 94.0 O(s)
OH(s) => OH + Pt(s) 5.0E13 251.1 167.0 O(s)
ce reactions
H(s) + O(s) => OH(s) + Pt(s) 3.5E12 11.2
OH(s) + Pt(s) => H(s) + O(s) 2.0E12 77.3 73.2 O(s)
H(s) + OH(s) => H2O(s) + Pt(s) 5.5E12 66.2
H2O(s) + Pt(s) => H(s) + OH(s) 3.1E10 101.4 167.0 O(s)
OH(s) + OH(s) => H2O(s) + O(s) 2.0E12 74.0
H2O(s) + O(s) => OH(s) + OH(s) 2.7E11 43.1 240 O(s)
C(s) + O(s) => CO(s) + Pt(s) 1.0E11 0.0
CO(s) + Pt(s) => C(s) + O(s) 1.0E11 236.5 33.0 CO(s)
CO(s) + O(s) => CO2(s) + Pt(s) 1.0E11 117.6 33.0 CO(s)
CO2(s) + Pt(s) => CO(s) + O(s) 1.0E11 173.3 -94.0 O(s)
CO(s) + OH(s) => CO2(s) + H(s) 2.72E10 38.7 33.0 O(s)
CO2(s) + H(s) => CO(s) + OH(s) 2.72E10 8.4
CH3(s) + Pt(s) => CH2(s) + H(s) 3.4E13 70.3
CH2(s) + H(s) => CH3(s) + Pt(s) 8.4E13 0.0 2.8 H(s)
CH2(s) + Pt(s) => CH(s) + H(s) 2.0E14 58.9 50.0 C(s)
CH(s) + H(s) => CH2(s) + Pt(s) 8.4E13 0.0 2.8 H(s)
CH(s) + Pt(s) => C(s) + H(s) 8.4E13 0.0 2.8 H(s)
C(s) + H(s) => CH(s) + Pt(s) 3.4E13 138.0
Table 2
Gas-phase reaction mechanism of oxidation of methane [16].
Reactions A (mol cm s1) b E (kJ/mol)
1 O2 + H => OH + O 8.70E13 0 60.3
2 HO2 + OH => H2O + O2 6.00E13 0 0
3 H + O2 + M => HO2 + M 2.30E18 0.8 0
4 CH3 + O2 => CH2O + OH 3.30E11 0 37.4
5 CHO + M => CO + H 3.94E14 0 70.3
6 CH4 + OH => H2O + CH3 1.60E07 1.8 11.6
7 CO + OH => CO2 + H 4.76E07 1.2 0.29
8 CH3 + HO2 => CH3O + OH 1.80E13 0 0
9 CHO + O2 => CO + HO2 3.00E12 0 0
10 CH3 + HO2 => CH4 + O2 3.60E12 0 0
11 CH3O + O2 => CH2O + HO2 4.00E10 0 8.9
12 OH + OH => H2O + O 1.50E09 1.1 0.42
13 HO2 + HO2 => H2O2 + O2 2.50E11 0 5.2
14 OH + OH + M => H2O2 + M 3.25E22 2 0
15 CO + HO2 => CO2 + OH 1.50E14 0 98.7
16 CH2O + H => CHO + H2 2.30E10 1.1 13.7
17 CH2O + OH => CHO + H2O 3.40E09 1.2 1.9
18 CH2O + HO2 => CHO + H2O2 3.00E12 0 54.7
19 CH2O + O2 => CHO + HO2 6.00E13 0 170.7
20 CH3 + CH3 => C2H6 8.32E43 9.1 67
21 CH4 + O => OH + CH3 6.92E08 1.6 35.5
22 CH4 + HO2 => H2O2 + CH3 1.10E13 0 103.1
23 CH3O + CH3O => CH3OH + CH2O 3.00E13 0 0
24 CH2O + CH3O => CH3OH + CHO 6.00E11 0 13.8
25 CH3O2 + M => CH3 + O2 7.24E16 0 111.1
26 CH3 + O2 + M => CH3O2 + M 1.41E16 0 4.6
27 CH3O2 + HO2 => CH3O2H + O2 4.60E10 0 10.9
28 CH3OH + OH => CH2OH + H2O 1.00E13 0 7.1
Table 3
Kinetic data used in calculations for single-step reaction mechanism.
Gas phase/surface reactions Fuel A (kmol, m, s) E (kJ/mol)
Gas phase CH4 1.E7, T < 800 K
1.6E6, T P 800 K
128.9
Gas phase H2 2.9E9 95.4
Cr2O3/Co3O4 CH4 3.97E2 52.4
Cr2O3/Co3O4 H2 3.05E1 22.5
Pt CH4 4.20E2 50.0
Pt H2 3.62E1 22.48
S.A. Shahamiri, I. Wierzba / Applied Mathematical Modelling 35 (2011) 1915–1925 1919ver and CHEMKIN link do not allow the inclusion of the effectiveness factor and coverage dependent kinetic parameters in
the calculations of surface reaction rates while the CVODE integrator is completely ﬂexible in this regard.
The steady state solution for each condition was obtained by performing a sufﬁcient number of iterations. Eight hundred
computational cells for spatial discretization of the domain and a time step of 10 ls were used in the simulation. To validate
the developed model, simulations were conducted for hydrogen and methane for the same operational conditions of the
reactor that we experimentally employed previously [24]. The reactor bed has inside diameter of 28 mm and length of
50 mm. The bed porosity is 0.4. The catalyst used is polycrystalline Pt deposited on a substrate in the form of cylindrical pel-
lets 3.2 mm long and 3.2 mm diameter made of Al2O3. The ratio of tortuosity to porosity of pellet (Eq. (8)) was 4.0 [23]. The
pressure along the reactor was assumed to be 89 kPa, the same as in the experiments and the ambient temperature was
293 K. For all the cases presented the mixture approach space velocity was 7.2  104 h1. The estimated value of overall heat
transfer coefﬁcient was 280 W/m2 K. This value is in agreement with the experimental value obtained for the same reactor
[24]. To validate the gas phase reaction mechanism employed, the simulations were also conducted for comparative pur-
poses for an inert bed reactor. The ratio of catalytic surface area to the geometric surface area used in simulations was
2.31 and the catalyst site density was assumed to be 2.72  109 mol/cm2 [13].4. Results
The results of application of the model showed the importance of proper accounting for external heat loss off the reactor,
as shown in Fig. 2. It can be seen that a relatively low inlet mixture temperature of 700 K the methane conversion at the exit
from the reactor when operated non-adiabatically is 42%, while it is 85% in the adiabatic reactor.
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1920 S.A. Shahamiri, I. Wierzba / Applied Mathematical Modelling 35 (2011) 1915–1925The effect of the radiation heat transfer model employed onmethane conversion within the bed was investigated employ-
ing two different approaches, the ‘effective thermal conductivity’ and ‘radiation transfer equation’ while using a single-step
chemical reaction model. As an example, the results of simulation of oxidation of the methane–air mixture of an equivalence
ratio of 0.35, with Cr2O3/Co3O4 catalyst are shown in Fig. 3. It can be seen that the effect of the radiation model applied tends
to be relatively small at relatively low mixture intake temperatures but becomes more noticeable at higher intake temper-
atures. However, the calculation time for this case when applying the ‘Radiation Transfer Equation’ model was eight times
larger than when employing the ‘effective thermal conductivity model’. Accordingly, the results presented for other simula-
tions were obtained employing the ‘effective thermal conductivity’ model for radiation heat transfer.
The importance of inclusion of an effectiveness factor in Eqs. (3) and (5) can be clearly seen in Fig. 4 which shows the
results of calculations of methane conversion for two cases. It can be seen that in case when the effect of the pore diffusion
is neglected (i.e. g is 1.0) the methane conversion is highly overestimated as the complete conversion of methane was ob-
tained at relatively low feed temperature of 700 K.
It was found that the single-step (global) reaction approach can predict the conversion of the fuel in the reactor reason-
ably well provided that the corresponding experimental data obtained for the same reactor and the same operational con-
ditions were available beforehand to derive the proper kinetic data for the global reaction. It can be seen (Figs. 5 and 6) that
the simulation results for H2 and CH4 conversion over Pt and Cr2O3/Co3O4 catalysts are in very good agreement with the cor-
responding experimental data [24] employed in the derivation of kinetic data. This approach can be very useful for catalysts
for which a multi-step reaction mechanism is not available (for example in house made catalysts of varying composition). As
can be seen in Fig. 7 such approach can be effectively used to predict the effect of feed inlet velocity on the fuel conversion.
If such experimental data were not available then resorting to the very time consuming calculations of employing multi-
step reaction mechanisms for both the gas and solid phases is justiﬁed. This is especially valid, for example, when investi-
gating the effect of changes in equivalence ratio of the feed mixture. It can be seen in Fig. 8 that employing a single-step
reaction based on kinetic data obtained for a certain equivalence ratio (0.35 in this case) to simulate the behaviour of hydro-
gen–air mixtures of different equivalence ratios gives very poor agreement with our corresponding experimental data. The0
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S.A. Shahamiri, I. Wierzba / Applied Mathematical Modelling 35 (2011) 1915–1925 1921single-step model overestimates hydrogen conversion rates for richer mixtures and underestimates those for leaner mix-
tures especially for higher intake temperatures. For example, for a mixture of £ ¼ 0:5 the results of the simulation shows
100% conversion of hydrogen for the intake temperature of 300 K while the corresponding experimental value is only about
2%. Similarly, for a very lean mixture of£ ¼ 0:15 at the inlet temperature of 370 K, the predicted value is 16% yet the exper-
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1922 S.A. Shahamiri, I. Wierzba / Applied Mathematical Modelling 35 (2011) 1915–1925imental value is 67%. Although this comparison was conducted for Cr2O3/Co3O4 catalyst the same trends can be expected for
a Pt catalyst.
The need for experimental data beforehand is unnecessary when employing multi-step reaction mechanisms for catalytic
surface and gas-phase reactions. Fig. 9 shows a comparison between the calculated and experimental values of CH4 conver-
sion within catalytic (Pt) and non-catalytic (inert) beds for a methane–air mixture with an equivalence ratio of 0.35, while
Fig. 10 shows a similar comparison for hydrogen–air mixture. The agreement appears to be very good, validating the surface
and gas-phase reaction mechanisms employed. It can be seen also the enormous effectiveness of the employment of the cat-
alytic bed in comparison with the corresponding case of a non-catalytic bed for both fuels.
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S.A. Shahamiri, I. Wierzba / Applied Mathematical Modelling 35 (2011) 1915–1925 1923The comparison of the results of the simulations obtained with these two types of reaction models for both methane–air
and hydrogen–air mixtures of different equivalence ratios and inlet temperatures is shown in Figs. 11 and 12, respectively.
It can be seen, that the results deviate greatly, especially for hydrogen–air mixtures. Predicted results when based on
using the detailed kinetic scheme produce much more realistic results.
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Fig. 12. H2 conversion as a function of inlet temperature for different equivalence ratios using different reaction models; solid line - multi-step reaction
model; broken lines - single-step reaction model; Pt catalyst.
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The model developed was shown to allow the reasonable prediction of the oxidation of lean methane–air and hydrogen–
air mixtures in catalytic and non-catalytic packed bed reactors. It is important to account for the external heat losses from
the reactor, as the erroneous fuel conversion rate can be predicted, especially at the lower feed temperatures. The employ-
ment of an ‘effective thermal conductivity’ to account for radiation heat transfer is adequate for producing satisfactory pre-
dictions while signiﬁcantly cutting computational time.
The use of multi-step reaction mechanisms produces results that are in good agreement with a much wider range of
experimental data and do not require experimental data beforehand. However, the surface reaction mechanism for different
catalysts is often not available. In this case a single-step reaction approach can be employed providing that corresponding
kinetic data are derived from sufﬁcient experimental data that need to be available for the same reactor and operational con-
ditions. Then such simpliﬁed approach can be used to predict reasonably well the effect of operational parameters such as
the feed inlet temperature and velocity. However, the use of such kinetic data for different operating conditions can lead to
signiﬁcantly erroneous results.
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